A split-cylinder airlift reactor was used to characterize the effects of Newtonian viscosity on the induced liquid circulation rate, the overall gas holdup, the distribution of holdup between the riser and the down com er zones, and the m ixing time. Over the viscosity range (1.54 ±19.50)´10
tiveness of airlift bioreactors has been proven in numerous applications, e.g., animal cell culture, m icrobial fermentations, and activated sludge wastewater treatment. Smallerscale dem onstration runs with plant cells and photosynthetic cultures have given good results in airlift bioreactors. The various aspects of operation, selection and design of airlift units for bioprocess and environmental use have been reviewed comprehensively elsewhere 1, 2 .
Substantial information exists on the hydrodynam ics of airlift bioreactors 1±3 , but m uch of it relates to concentric draft-tube types of systems and to the comm ercially less relevant external-loop con® guration. Split-cylinder airlift devices have not been examined extensively even though they have the advantage of providing the smallest internal wall area in contact with the¯uid relative to other types of airlift reactors. Reduced¯uid-wall contact should lessen frictional resistance to the induced liquid circulation for a given power input. Consequently, split-cylinder devices are especially attractive for use with relatively viscous¯uids. Viscous Newtonian media such as sugar solutions have been previously investigated in external-loop reactors 4, 5 which, because of the gas-liquid separating effect of the head zone 6 , behave very differently than internal-loop reactors. Effects of viscosity on liquid circulation and gas holdup have been reported in draft-tube type of reactors by Philip et al. 7 . Here a report on liquid circulation, mixing, and gas holdup in a split-cylinder device operated with relatively viscous homogeneous Newtonian m edia is given.
EXPERIMENTAL
A split-cylinder internal-loop reactor shown schematically in Figure 1 was used. The reactor consisted of a glass tube partitioned into riser and downcom er by a Te¯on Ò baf¯e. The baf¯e was 0.055 m wide; thickness of 0.004 m and a total height of 0.7 m . The riser-to-downcomer crosssectional area ratio was unity. The clearance, h c , of the baf¯e above the sparger (see Figure 1 ) was 0.05 m, whereas the clearance, h t , between the static liquid surface and the upper edge of the baf¯e was 0.06 m . The vessel diameter was 0.056 m; it' s overall height was 0.91 m. The static liquid level was 0.81 m giving a working volume of 1.751 0 3 m 3 . Air was sparged into the reactor through a sintered glass disc (1.5´10 2 m sparger diameter; 110´10 6 m pore size) located at the base of the riser (see Figure 1 ). The gas¯ow was metered and controlled by a rotameter, pressure gauge and control valve arrangem ent. The air¯ow rates range was 0 ±0.039´10 3 m 3 s 1 , corresponding to the riser super® cial gas velocities in the range 0 ±0.039 m s 1 . The speci® c power input due to aeration varied between 0 ± 234 W m 3 . M easurements were done at room temperature (ca. 25°C).
Sucrose solutions in deionized water were used for the liquid phase in various experiments. The sucrose concentration ranged over 162 ±500 kg m 3 , providing a Newtonian viscosity variation of (1.54 ±19.5)´10
3 Pa s as noted in were based on an acid ±base decolourization reaction, a com m only used technique for these types of measurem ents 2, 8 . Hydrochloric acid (1 M ) or sodium hydroxide
(1 M ) were added to the sucrose solution as required and phenolphthalein was the acid ±base indicator. The liquid velocity in the riser and the downcom er was determined by m easuring the time taken by the purple colour front, developed on adding 0.5 m L of sodium hydroxide solution to the reactor, to travel a certain distance (0.4 m) within the riser or the downcom er. The solution was added to the surface of the liquid, in the centre of the reactor. Th e m ixing time was de® ned as the time taken for com plete decolourization of the reactor, following the addition of 0.5 mL of the hydrochloric acid solution to the reactor which had previously been made alkaline with 0.5 m L sodium hydroxide 9 . The liquid circulation time, t c , was determined as the time taken by the colour front to com plete one full circulation through the riser downcom er loop. The gas holdup was determined by measuring the increase in height of the dispersion upon aeration; thus
where h D is the gas-liquid dispersion height and h L is the height of gasfree liquid.
RESU LTS AND DISC USSIO N

Gas H oldup
The variation of the overall gas holdup with the riser gas velocity is shown in Figure 2 for the various sugar solutions. The ® gure reveals three different¯ow regimes: (i) a homogeneous bubbly¯ow, where the holdup increases linearly when gas velocity is increased. In this regime the bubbles rise independently without interacting with one another. This regim e exists over the approximate gas
(ii) A transition ow regim e occurs over the gas velocity range where the bubbly¯ow develops into heterogeneous¯ow; and ® nally, (iii) the fully developed heterogeneous¯ow (U Gr > 0.015 m s 1 ). During the¯ow transition the concentration of bubbles increases and coalescence begins. In the transition regim e, the rate of increase in holdup with increasing gas¯ow velocity is m uch lower than in the bubbly¯ow regime. W hen the coalescence is well established, the holdup again increases relatively strongly with increasing gas¯ow rate because of the formation of large`spherical cap' bubbles. As can be seen in Figure 2 , the dem arcation between¯ow regimes is in¯uenced by the sugar concentration. Similar behaviour has been observed previously in bubble columns, as well as in airlift bioreactors with various media 10±14 .
The sugar concentration, i.e. the viscosity of¯uid, has the greatest effect on gas holdup at higher air¯ow rates corresponding to the heterogeneous¯ow regime. The overall gas holdup declines with increasing viscosity of solution. In the past, sm all am ounts of sugar in water have been reported to slightly enhance gas holdups relative to values in water 5, 14, 15 ; however, higher sugar concentrations have always led to a decline in holdup. The lowest value of sugar concentration used in this work (16.16%) was higher than the values up to which the sugar had a holdup enhancing effect in previous studies; hence, an increase in holdup relative to water was not observed in this work.
The overall holdup was correlated with an equation similar to the one proposed by Godbole et al. 16 Gr . Equation (2) Equation (3) suggests a lower in¯uence of viscosity on gas holdup than does equation (2) . The exponent on the velocity ratio term (i.e., 1.1) is almost the same as the values reported previously, but the parameter 0.139 is approximately half of that reported for salt solutions in a concentric tube airlift bioreactor 13 . As shown in Figure 4 , equation (3) correlates the data only marginally better than does equation (2) .
Liquid C irculation Time
The effect of super® cial gas velocity on liquid circulation times for the different sugar concentrations is shown in Figure 5 . At low gas¯ow rates, the circulation tim e decreased sharply with increasing super® cial gas velocity; however, at a gas velocity of 0.01 m s 1 or greater, the circulation time was alm ost independent of the gas¯ow rate. The viscosity had no signi® cant in¯uence on circulation time. Normally, for a given available driving force, an increase in viscosity of a¯uid should reduce it' s¯ow rate because of a greater frictional resistance to¯ow. Absence of a decline in the liquid circulation velocity suggests that the driving force for liquid circulation Ð i.e., the difference between the gas holdups in the riser and the downcomerÐ increased with increasing viscosity for any given aeration rate. This was con® rmed by visual observations and by an analysis of gas holdup distribution discussed later in this section. Figure 5 shows another characteristic trend: over the gas velocity range 0.01 # U Gr # 0.025 m s 1 , the circulation tim e is alm ost constant, then it declines slightly but signi® cantly as the gas velocity increases further. This pattern has been observed and explained previously by W enge et al. 18 in split-cylinder airlift reactors that were alm ost 50-fold larger than the one used here. The exact aeration rate in the¯at region (see Figure 5 ) at which the rate of decline in circulation time increases (i.e., U Gr < 0.025 m s 1 in this work) apparently depends on the scale and geom etry of the reactor. The riser and downcomer gas holdups were estimated following the method of Ganzeveld et al. 9 . Thus, the equation developed by Chisti et al. 19 and repeatedly validated by numerous investigators 20±25 was expected to apply also to the¯uids used in this study. The equation, as recommended for a split-cylinder airlift reactor 9, 19 , is:
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where U Lr is the super® cial liquid velocity in the riser, g is the gravitational acceleration, h D is the height of the gasliquid dispersion, e r and e d are the gas holdups in the riser and the downcomer, respectively, K B is the frictional loss coef® cient for the bottom zone of the reactor, and A r and A d are the cross-sectional areas of the riser and the downcomer, respectively. The super® cial liquid velocity in the riser is related with the liquid circulation tim e by the following equation:
where V is the volum e of the liquid in the reactor. Equation (5) case in this work. Hence, the m ean circulation tim e and the volume of liquid can be used to calculate the liquid velocity in the riser:
For split-cylinder reactors, the parameter K B is related to the con® guration of the bottom zone as follow 19 :
In equation (7), A b is the free area for liquid¯ow under the baf¯e. As e d , the gas holdup in the downcom er, is m uch less than unity, equation (4) reduces to:
In addition to equation (8) As the geom etric parameters (i.e., K B from equation (7), h L , A r , A d , and A b ) of the reactor were known and the overall gas holdup and liquid velocity (circulation tim e) were m easured, the riser and the downcom er gas holdups could be calculated using equations (8) and (9) . Figure 6 show s the down comer gas holdup plotted as a function of the riser holdup for the various¯uids. For data in the bubbly¯ow regim e, the relationship between the riser and downcomer holdups is independent of the sugar concentration; the relationship is:
This equation is similar to others reported in the literature 2, 11, 17, 26 .
In the heterogeneous¯ow regime, the sugar concentration strongly in¯uences the distribution of gas holdup. The constant in equation (10) now depends on viscosity. This constant diminishes as the sugar concentration is increased. As shown in Figure 7 , in heterogeneous¯ow, the relationship among the riser and the downcomer gas holdups and the viscosity becom es:
e d e r 0.356 0.326 exp 198m . 11
Equation (11) suggests that for a given holdup in the riser, the gas holdup in the downcomer declines as the viscosity of the¯uid increases. This concurs with visual observations. The reasons for this effect are as follows: as viscosity increases, the mean bubble size in the riser increases. M any larger bubbles coexist with smaller ones in the heterogeneous¯ow regim e in the riser section. Of these bubbles, only the smaller ones are dragged into downcom er zone near the top of the reactor. M ost of the larger bubbles issuing from the riser leave the reactor because their rise velocity far exceeds the down¯ow velocity of the liquid. Hence, with increasing viscosity and a consequently bigger bubble size, fewer and fewer bubbles move into the downcom er.
M ixing Tim e
The m easured mixing time is shown in Figure 8 as a function of the riser super® cial gas velocity for the various sugar concentrations. The pattern of variation shown is similar to that previously seen for the circulation tim e 30 M OLINA et al.
Trans IC hemE, Vol 77, Part C , M arch 1999 Figure 6 . Relationship between the riser and the downcomer gas holdups. ( Figure 5 ). Again, the sugar concentration or viscosity has little effect on the m ixing behaviour. Intuitively, the m ixing time in an airlift reactor is expected to be affected by the relative velocity between the gas and the liquid phases because the gas bubbles rising in a liquid stream produce axial m ixing by transporting liquid elements in their wakes. Also, the distance over which this m echanism operatesÐ i.e., twice the height of dispersion Ð should affect the m ixing tim e. Based on this envisaged m echanism, the following expression was used to correlate the mixing time:
. 12
As show n in Figure 9 , the values of m ixing time predicted with equation (12) agree remarkably well with the experimental data. Another m ixing parameter in airlift reactors is the dimensionless mixing time 17 which is de® ned as:
where t m is the m ixing time and t c is the circulation time.
The dim ensionless mixing tim e in airlift reactors has been shown to be virtually independent of the gas velocity 17 ;
however, the dimensionless time depends on the A d /A r ratio:
. 14 According to Bello 17 , the a value is 5.2 for external-loop airlift devices and a is 3.5 for concentric-tube type of airlift reactors. The a value obtained in this study was 3.76 which is close to Bello' s 17 observations for internal-loop reactors.
Note that Bello' s value was obtained in draft-tube type of airlift system whereas this work employed a split-cylinder device.
C O NC LUSIO NS
Based on the hydrodynamic characterization studies discussed above, the following speci® c observations can be m ade:
1. Over the viscosity range (1.54 ±19.50)´10
3 Pa s the viscosity of Newtonian m edia has no signi® cant effect on the induced liquid circulation rate in split-cylinder airlift reactors. 2. The driving force for liquid circulation, i.e., e r e d , increases with increasing viscosity of the¯uid; this increase com pensates for any viscosity associated increase in frictional resistance to¯ow. 3. The overall gas holdup declines with increasing viscosity of the¯uid; i.e., e 3m 0.2 .
4. The mixing time is not affected by viscosity of the¯uid over the range exam ined. This suggests that m ixing is being in¯uenced principally by the velocity difference between the gas and the liquid phases. An equation based on this m echanistic explanation correlates well with the observed mixing behaviour. 5. The ratio of the mixing-to-circulation tim es appears to be a constant independent of the¯uid viscosity in a reactor of a given geometry. 
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